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Abstract.

Membrane distillation (MD) is a process used for water desalination. However, its commercialization is still

hindered by its increased specific cost of production. In this work, several process configurations comprising Direct Contact and
Permeate Gap distillation membrane units (PGMD/DCMD) were investigated to maximize the production rate and
consequently reduce the specific water cost. The analysis was based on a cost model and an experimentally validated MD
model. It was revealed that the best achievable water cost was approximately 5.1 $/m® with a production rate of 8000 m?/y. This
cost can be further decreased to approximately 2 $/m? only if the heating and cooling energies are free of cost. Therefore, it is
necessary to decrease the MD capital investment to produce pure water at economical prices.
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1. Introduction

Membrane distillation (MD) is an integrated thermal and
membrane desalination process. The driving force for water
purification is the pressure gradient maintained by
temperature difference on the two sides of a hydrophobic
membrane. MD has several advantages, including the
decreased temperature and pressure requirements, and the
increased salt rejection rates that lead to increased product
quality. MD can be operated by low-grade energy sources,
such as solar, geothermal, and waste heat sources. However,
to-this-date commercial applications are still lacking. Its
performance remains unacceptable because the process
suffers from several limitations associated mainly with its
very low-production rates per unit membrane area
compared to reverse osmosis (Essalhi and Khayet (2015)).
Moreover, because of its low-production rate its specific
energy consumption is high. Therefore, enhancing the
performance of the MD system is vital for its expansion and
adoption as a reliable desalination process. Several
experimental and theoretical investigations have been
conducted to develop methods and evaluate concepts for
enhancing the performance of MD systems (Alklaibi and
Lior, (2004), Matsuura and Khayet, (2011), Camacho et al.
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(2013)). Recently, Thomas et al. (2017) systematically
reviewed most of the publications in the Science Direct
database from 1970 to 2016 and concluded that the MD
process received increased attention and interest during the
last few decades.

The permeate and brine streams often contain significant
amounts of heat that should be recovered and reused to
produce more fresh water. Several concepts and methods
have been studied to improve the efficiency of the MD
process. For example, the implementation of heat recovery
systems on either the brine or permeate sides as well as the
recycling of the brine have been investigated (Summers et
al. (2012), Swaminathan et al. (2018)). Recently, Lokare e?
al. (2018) emphasized the significance of feed recirculation
in MD systems and analyzed its influence on the overall
recovery ratio and energy consumption. The success of the
multistage (or multi-effect) concept in conventional,
multiple effect distillation, and in multistage flash
technologies, have drawn the interest and attention towards
its implementation on MD systems. As an example, several
other studies have focused on increasing the capacity of the
module and re-claiming the supplied heat via multistage and
multiple effect concepts (Lee et al. (2016), Lee et al. (2017),
Khalifa et al. (2017), Bhausahab, (2017)), Pangarkar and
Deshmukh (2015), He et al. (2013). Other researchers
studied the use of low-cost renewable energy and waste
heat sources to reduce the overall energy consumption. The
integration of MD units with renewable energy sources has
also been studied (Thomas et al. (2017), Qtaishat and Banat
(2013), Banat ef al. (2007), Lienhard et al. (2012), Guillen
et al. (2011)). Appropriate integration of MD with
conventional and nonconventional desalination systems is
an approach that seems to have a very good impact on
increasing the recovery ratio and reducing the specific
energy consumption. Examples of these hybrid
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configurations include the MD treatment of brine using
reverse osmosis (RO) or thermal units (multiple effect
distillation (MED) and multistage flash (MSF)) (Matsuura
and Khayet, (2011), Orfi et al. (2017)).

Although the MD configurations or modifications have
resulted in improved water production and recovery, its
economic analysis was not thoroughly investigated. For
instant, MD modification may incur additional costs, thus
affecting the overall cost of production. Omar et al., (2018)
performed economic analysis of multistage vacuum
membrane distillation (VMD) with and without interstate
heating as well as with and without brine recirculation.
They reported water cost variation with the various VMD
structures and the minimum owing to a single stage VMD
with brine recycling. Zheng et al. (2017) studied the effect
of inter-stage heating on economics of multi-effect VMD.
They reported an optimum water cost of 0.59$/t for four
stages VMD with first stage heating. In this study, we
conduct an economic analysis of various DCMD
configurations available in the literature. This will help the
comparison of these configurations based on the cost of
water production rather than the production rate. Water cost
analysis for specific MD structure is reported in the
literature, here we compare the water cost for different
structures to identify the best scenario. In addition, a
compressive cost model is used here that include additional
overlooked cost components such as cooling, pumping
pretreatment and maintenances.

2. DCMD model and simulations

The analysis conducted in this study is based on a
mathematical model for a typical DCMD unit. The detailed
derivation of the model is presented in Appendix A. The
model is validated using experimental data (Ali et al. (2018),
Ali and Orfi (2018)). The characteristics of the MD
membrane are listed in Table 1. Previous experimental and
theoretical studies performed on a single MD by the authors
indicated low-recovery ratios and high-energy demands.
These conclusions are supported by other published studies
(Essalhi and Khayet (2015), Winter et al. (2011), He et al.,
(2013)). In our simulations, the feed water was considered
as brackish water with fixed properties. The feed conditions
of a hot flow rate of Qs = 600 L/h and the respective hot
water feed temperature and salinity of 7jy= 80 °C and Cy =
1414 kg/m? were used. The specific feed temperature and
salinity are representative of some wells in the Riyadh
region. Cooling water is used in a counter-current manner in
the permeate side at the same flow rate of the hot feed flow
rate and at a temperature of Ter=25 °C.  Note that some of
the proposed configurations in the next section use PGMD
units. We will consider the PGMD unit has the same
membrane characteristics and modeling equation used for
the DCMD.

3. Design structure and methodology

As mentioned earlier, the production rate of a single MD
is low. Hence, different configurations have been studied to

Table 1 Cost parameter and operating conditions

Parameter Value
Membrane area 10 m?
Membrane thickness 80 um
Pore size 0.2 pm
Channel length 14 m
Channel height 0.7 m
Channel depth 0.2 mm
Porosity 0.4
Feed pressure 1.5 bar
Permeate feed pressure 1.5 bar
Intake pressure 5.9 bar
Intake pump efficiency 80%
Feed and permeate pump efficiency 60%
Electricity cost 0.08 $/kWh
Membrane cost* 50 $/m?
Steam cost 3 $/1000 kg

Cooling water cost 0.1 $/1000 kg

Plant Load Factor (PLF) 0.91
Interest rate 0.08
Plant life 20y

* Choi et al. (2016)

enhance the ware production of a conventional MD unit
(Matsuura and Khayet, (2011), Orfi et al. (2017)). Usually,
cascaded MD units or MD with large area are used to
increase the production rate, however, this will lead to
additional operational and capital costs. Therefore, it is
highly beneficial to study the water production cost of these
various configurations. Table 2 lists four different possible
design configurations. Note some of these arrangements are
inspired from the work of Kotb ef al. (2016) where various
parallel and series configurations are proposed. Option 1
represents multiple typical MD stages in series, where the
brine of the first unit is heated and fed to the second unit
and so on. Heating the brine is necessary because the brine
exits at a low temperature, especially when an MD with a
large surface area is utilized. Unlike reverse osmosis (RO),
MD operates at atmospheric pressure, and the pumps are
thus used for water circulation, i.e., they overcome the
pressure drop of the membrane channel, which is assumed
to be equal to 0.5 bar in this study. Each MD unit has its
own independent condenser water circuit. The distillate of
each stage is withdrawn from the condenser loop and
collected in a storage tank. The condenser circuit has a
pump for water circulation and a cooler to adjust the feed
temperature at 25 °C. These units are excluded from the
figure owing to option 1 for simplification purposes. Note
that option 1 has the advantage of over utilizing the
brackish water stream to maximize the recovery ratio.
Option 2 presents a parallel arrangement of three single MD
units. A single heater and pump are used for parallel streams.
Option 2 permits the use of a larger feed flow rate to
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maximize the overall throughput. Modifications of options
1 and 2 are possible as it will be discussed below. Option 3
is distinguished because it uses a single water circuit which
acts as the condenser stream and a hot feed after heating.
The exiting brine is cooled down to 25 °C and fed as the
condenser stream to the second stage, the process is
repeated recursively. Distillate is withdrawn from the
condenser loop in each stage. This structure maximizes the
recovery ratio and minimizes the heating demand as the
permeate leaves the MD wunit at a relatively high
temperature, especially when the MD has a large surface
area. Similarly, it minimizes the cooling demand as the
brine is discharged at low temperature for long MD
modules. Henceforth, we denote the condenser stream as
permeate and the purified water as distillate. Option 4 is a
series configuration with recycled warm permeates. The
exiting permeate is added to the feed of the subsequent
stage to increase the throughput. Even though the permeates
1s warmer than the brine, the combined stream has a low
temperature that is insufficient in producing acceptable
mass flux. Therefore, heating the combined feed is still
necessary.

Option 5 is a parallel structure where the main feed is
split into equal parallel streams each of which feeds a single
MD. Each MD has its own condenser loop from which the
distillate is collected and stored. Brine exiting each MD can
be fully or partially recycled and added to the hot feed of
the subsequent stage. The un-recycled brine is disposed.
The recycled brine is expected to increase the throughput,
but it will quench the feed. Therefore, an additional heater
must be incorporated.

It should be noted here that configurations 3, and 4 use
PGMD which is a slight variation of DCMD where the
distillate is not mixed with the cold stream and withdrawn
separately. This allows using salty cold water in the
condenser loop. Details on the description and principle of
PGMD can be found in Winter et al. (2011). Despite the
differences between the DCMD and OGMD we will assume
they have similar performance for comparison purposes.

All aforementioned configurations use three MD units
for demonstration purposes, or an increased number of
stages can be implemented. For clarification and
visualization, the condenser water circuit and water product
lines are respectively represented by dotted or dashed lines.
Moreover, in all configurations, we consider equal mass
rates on brine and condenser side.

4. Water cost model

The proposed process structures can maximize the water
production. However, the capital investment and associated
operating cost will increase accordingly owing to an
increased number of processing units and the required
energy demand for heating and pumping. Therefore, it is of
interest to assess the water production cost required by
these structures. The water cost model is adopted from Choi
etal. (2016).

The capital investment consists of several elements as
follows:

Table 2 Proposed configurations

Configuration option 1
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Cost of intake and pretreatment:

m3 0.8
CCyp($) =997 (Qip <7>> )

Cost of feed pump:

m3
CCrp($) = 4.78 x 107° x Qf(F) x 120000 (2)

Cost of heat exchanger:

CChy($) = 1000 * Areayy 3)
where the area for heat transfer can be computed from,
Qnux
A =— 4
T @
The overall heat transfer coefficient can be

approximately estimated using the following correlation
(El-Dessouki and Ettouney, 2002)

U = 1.7194 + 3.2063 x 1073T, + 1.5971 X 1075T?
~1.9918 x 107'T? ®)

where Ty is the steam condensation temperature for
heaters or the logarithmic mean temperature difference for
coolers in degree Centigrade. Equation (4) is used to
estimate the size of the feed heater using a saturated steam
at 100 °C and the permeate cooler using a cooling water at 5
°C. A 15 °C change in the cooling utility is allowed.

The membrane cost is

CCrem($) = Amem (mZ) X Cmem(%) (6)
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Hence, the total equipment cost is
CCeqp($) = CCypy + CCpp + CCyx + CChypem @)

The total and annualized capital cost can be computed as
follows:

CCsie($) = CCeqp X 0.2 (8)

DCC (%) = CCeqp + CCite )

ICC ($) = DCC($) x 0.3 (10)

TCC($) =Dcc($) +1cc($) (11)
$\ ii+D"

ACC (;) = TCC($)m (12)

The operating cost consists of several elements as
described below. Specifically, the operating cost of intake
and pretreatment is:

3
¢\ 0.028P,(bar)Qy <m7> Dep (ks;W)
0Cip< ) = Nip 1
X PLF

d

The operating cost of feed pumping is thus expressed as

3 kW
0.028Ppp (bar) Qs (2-) Dgp (55)
0Cpp $) _ P f(d) PR ppp(14)
d
Nrp

The cost of the steam to heat the feed is

$\ kg $
OCsteam (E) - Steam(?) X Csteam(@) (15)

Correspondingly, the cost of cooling water, to be used
for cooling the permeate whenever needed, is

$ kg $
0Cey (E) =W)X ch(@) (16)
Additionally, the total power cost is defined as
$
OCpower (;) = (OCip + OCpp + OCsteqm + Och) (17
X 365
The total operating cost can be estimated as follows:
$
0Cyr ; = CCpem X 0.2 (18)
$
0Cet. ; =A0C x 0.3 (19)
$
AoC ; = 0Chower + 0Cyg + 0Cyc (20)
Finally, the specific cost of water production is
we ( $ ) ACC + AoC
3T 3 21
™/ Qp(%) x 365 x FLP @l

The cost model will be used to estimate the water cost
for the proposed configurations for comparison purposes
and for determining the lowest production cost. The cost
parameters of the cost model and other operating conditions
are listed in Table 1. Note that the cost of cooling includes
operational cost component in terms of the cost of the
chilled water used for cooling and capital cost component in
terms of the heat exchanger used for cooling the permeate.

5. Results and discussion
5.1 Effect of MD surface area

The MD model is validated based on the actual size of
the commercial MD module which is 10 m?. However, the
model can be extrapolated to study the effect of the MD
surface area on the process performance as the surface area
has a direct impact on transmembrane mass and heat rates.
Fig. 1 illustrates the MD performance within the range of
the surface area between 1 and 30 m?. For a small MD area
of 1 m? Thoye 18 much larger than T, , because an
insufficient heat transfer area is available for heat transport
across the membrane. For a large MD area of 10 m?, Te ot
becomes larger than T, . owing to the enlarged heat
transfer area. Our experimental analysis indicated that a
surface area of 10 m? is sufficient to provide the maximum
heat transfer as the brine exits at a temperature that is
approximately 1 to 2 °C above the feed permeate
temperature. Hence, increasing the heat transfer area
beyond 10 m? cannot enhance the heat transfer because of
thermodynamic limitations. Although the mass flux
decreases for larger surface area, the overall production rate
increases with the surface areca as shown in Figure lc.
However, increasing the surface area beyond 10 m? has a
marginal effect on the water cost. Both operation cost and
production rate increase with stages but at different rate
making their ratio to flatten as number of stages further
increases. Note that the operating cost dominates the total
cost and that only the cooling operating cost changes with
membrane size. This makes the total cost to grow at
relatively smaller rate than the production rate causing the
specific total cost to level off. Ali et al. (2016) has also
reported asymptotic value for the water cost as the
membrane length increases considerably. Note, our
simulations indicated that the specific water may increase
slowly for stages higher than 30 if the cost of membrane per
area is increased to 100 $/m?. Therefore, we will fix the MD
surface area at this value when the proposed configurations
are compared.

Fig. 1 shows the considerable effect of the feed rate on
the production rate, but an insignificant impact on the water
cost. In fact, the feed rate has a dual counter effect on the
water’s specific cost. The feed rate increases the water cost
because it increases the operating cost, but at the same time
it decreases the water cost because it increases the annual
production. Hence, when comparing several configurations,
the feed rate will be fixed at 1200 L/h to ensure enough
brine circulation rate through down-stream stages. It should
be noted that the best achievable water cost is
approximately 25 $/m? which falls within the range of 0.3
and 130 $/m? reported by Essalhi and Khayet (2015).
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Fig. 1 Effect of MD surface area on water cost for a single
MD unit

However, this obtained value of 25 $/m? is far from what is
reported by Choi et al. (2016) at a value of 0.95 $/m>.
According to the authors, this water cost is based on a water
production of 50000 m3/d. Our calculations indicate that to
achieve a water cost of 0.95 $/m? for a water production of
50000 m?/d requires a recovery ratio of at least 50%. This
recovery ratio appears to be too high since the common
recovery rate for a single MD is approximately 6.5% based
on the existing experimental setup (Ali & Orfi, 2018).
Summers et al. (2012) reported recovery ratio as low as 5%.
Swaminathan et al. (2018) indicated the recovery ratio in a
single path through MD is less than 8%. Moreover, the
capacity of the MD unit used by Choi et al. (2016) was 14.4
m?3/d. Therefore, thousands of MD units are needed to
achieve the desired production rate of 50000 m?%/d.
Nevertheless, in the study by Choi er al. (2016) no
information was provided about the number of units used
and their corresponding arrangement patterns.

5.2 Comparison of the proposed configurations

Fig. 2 depicts the accumulated key process parameters
for configuration option 1. The figure shows that up to 30
stages can be utilized in series until the brine flow rate is
depleted, i.e., until it becomes less than the threshold of 150
L/h. This threshold is based on our experimental evaluation
which indicates the minimum feed flow rate that can
produce sensible water flux. It is shown that for such a unit
of 30 stages, the accumulated recovery ratio and thermal
efficiency can be enhanced to 78% and 41%, respectively.
Moreover, the specific water cost can be reduced to
approximately 20 $/m3 when 30 stages are used in series.
Fig. 1b illustrates rapid increase in the thermal efficiency
followed by saturation at 41%. Both the evaporation energy
and feed heating energy grow slowly at high number of
stages because both the evaporation rate and feed rate start
depleting as the number of stages increases. This makes
their ratio, i.e. thermal efficiency to settle at asymptotic
value. Fig. 1d reveals a quick reduction in water cost at low
number of stages, but as production rate builds up when
more stages are added, the water cost starts leveling off. We
have limited our maximum number of stages at the point
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Fig. 2 Process performance for configuration 1

where the brine flow rate reaches 150L/h. Our experimental
analysis indicates a transitional process behavior when the
flow rate becomes less than 150 L/h (Ali and Orfi, 2018).
Below feed flow rate of 150L/h, it is observed that the mass
and thermal behavior of the MD is different than that at
higher flow rate. The water cost profile is in line with the
literature as different variation of the water cost with
number of stages is reported. Depending on the heating cost,
Zhang et al. (2017) found that water cost may flatten as
number of stages increases when electricity is used or drop
sharply then start rise again with number of stages when
waste energy is used. Omar et al. (2018) showed how the
water cost decreases sharply with number of stages till it
reaches a minimum. Afterward, the water cost start rising
again linearly and slightly as more stages area added.
Nevertheless, we have observed through simulation that the
cost per capita of the membrane module, feed heating and
permeate cooling influence the shape of the water cost
profile. For different combination of these per unit costs,
the specific water cost may start rising again especially
when the number of stages exceed 30.

Fig. 3 illustrates the response of the accumulated
process parameters when configuration option 2 is enforced.
In this case, the principal feed flow rate is partitioned into
equal parallel streams depending on the number of parallel
stages. For example, we tested 6 parallel stages for two
different feed flow rates, i.e. 1200 and 1800 L/h. we also
test 12 parallel stages using a feed flow rate of 1200 L/h.
The number of stages that can be incorporated is limited in
this option by the apportioned feed flow rate for each
individual stage. For example, as the number of stages
increases, the apportioned parallel flow rates becomes
smaller, hence a reduced production rate is obtained for
each separate MD unit. Note Fig. 3 displays accumulated
values. For example, the process parameter value at stage 5
is the summation of the process parameter value for all
stages up to stage 5. Increasing the number of stages does
not necessarily improve the process performance, as shown
in the case where 12 stages are employed. Furthermore, our
simulation revealed that splitting the main feed into unequal
streams does not provide a significant performance
enhancement. The advantage of this structure is the
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Fig. 3 Process performance for configuration 2

possibility of increasing the throughput by amplifying the
feed flow rate as observed when a principal feed rate of
1800 L/h is implemented. Using 6 stages, the fed per stage
is 300 L/h which results in the highest production rate (Fig.
3c). However, the high principal feed will also amplify the
operating cost in terms of heating and pumping leading to a
higher specific water cost. A smaller water cost is achieved
when a principal feed flow rate of 1200 L/h is used and
partitioned into six equal streams. A specific water cost of
21.3 $/m> can be obtained. Nevertheless, increasing the
principal feed beyond 1200 L/h will increase the cost of
water production again.

Fig. 4 demonstrates the accumulated profile of
performance parameters for configuration option 3. Like
option 1, many stages can be employed as long as a
sufficient inter-stage feed flow is available. The latter is
controlled by the water production of each individual MD
unit. The performance of this option is very similar to that
of option 1; however, better thermal behavior is expected.
Indeed, the energy demand of the feed preheater is reduced
since the recycled permeate is sufficiently warm especially
if long membrane is used. Similarly, the cooling process
required to quench the feed permeate is diminished because
the brine temperature is usually lower than that of the warm
permeate, especially when an MD with large surface area is
utilized. In fact, the thermal efficiency can reach 2.6 and the
water cost can be as low as 3.7 $/m?®. The maximum 1 and

minimum WC are attained when 30 stages are used in series.

Note, despite the reduction in heating and cooling demands,
the operating cost still dominates the capital cost. Our
simulation indicated that beyond 40 stages, the capital cost
takes over and the water cost begins growing again as the
overall production rate and the recovery ratio start growing
asymptotically.

Fig. 5 show the accumulation of the process parameters
of different stages at different recycling ratios of the warm
permeate when configuration 4 is employed. In this
configuration, cooling of the permeate stream is not
required because it is directly mixed with the feed of the
subsequent stage. By eliminating the cooling requirement,
the corresponding capital and operating costs of cooling are
excluded from the overall water cost. In addition, the
throughput increases exponentially with the number of
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different recycle ratios, x;

stages because it accumulates the recycled permeate stream
in all preceding stages. Although the feed temperature is
fixed, the feed rate for each subsequent stage increases,
leading to dramatic effects on the process performance. For
example, Fig. 5c¢ shows how multifold production rate
growth occurs because of the continuously increasing
capacity and because of the influence of the capacity on the
MD’s thermal behavior. In fact, the enlarged throughput
reduces the residence time which makes the permeate exit
at a lower temperature and the brine at a higher temperature.
This situation increases the driving force and hence the
mass flux rate.

However, Fig. Sa demonstrates a decreasing recovery
rate as the number of stages increases as the recovery ratio
for this option is computed as the ratio of the accumulated
production rate to the total accumulated feed, i.e., as the
sum of the principal feed and recycled permeates.
Exception is for case x; = 0 because the permeate is not
recycled. Similarly, m grows initially but drops as the
number of stages increases especially for high recycle ratios
because the energy load of the inter-stage heaters grows
rapidly owing to the growing throughput. The growing
energy load of the heaters amplifies the associated operating
cost as well as the water cost. Note that many stages can be
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Table 3 Water cost

Case Water cost ($/m?) Production rate (m3/y)
Option 1 20.0 8000
Option 2 213 712
Option 3 5.1 8000
Option 4 6.8 2498

used but we limit our results to 10 stages because the
performance deteriorates afterward as the specific water
cost grows exponentially. The minimum achievable water
cost for this option is 6.8 $/m3 when three stages are used
with full permeate recycling.

A summary of the performance analysis is tabulated in
Table 3. Configuration 3 leads to the minimum water cost
of 5.1 $/m® with a high production rate of 8000 m>/y. This
value for the specific water cost is within the range reported
by other authors (Camacho et al. (2013), Triki et al. (2017),
Khayet (201)). For example, Camacho et al. (2013)
reported different values for the water cost using MD values
collected from different references. The specific water cost
was as low as 0.26 $/m?® and as high as 18 $/m?. Triki et al.
(2017) reported that a solar-driven DCMD plant with a
capacity of 500 L/d can generate a water production in the
range of 10-15 $/m?. Khayet (2010) noted that the MD
water cost can range from 10 to 18 $/m3 based on the type
of energy sources. He also showed that a lower water cost
of 0.56 to 1.37 $/m> can be attained when MD is integrated
with a large capacity RO plant for seawater desalination.
Zhang et al. (2017) reported a low water cost of 0.59$/t for
an optimum four stages of VMD units using waste heat with
first-stage heating. Omar et al. (2018) reported a water
cost of 1.9$/m*> for one-stage VMD without brine
recirculation. Nevertheless, the minimum water cost can
still be higher than other desalination processes where the
production cost can fall below 1 $/m’. In MD, the
production cost is heavily affected by the steam cost needed
to heat up the feed. In addition, cooling water cost is
another factor that affects the overall production cost.
Although cooling water is less costly than steam, a large
amount of cooling water is needed because of its smaller
thermal capacity relative to steam. To show how the heating
and cooling duties influence the cost, we repeat testing

configuration 3 using different values of the utility cost. Fig.

6 illustrates that the minimum achievable water cost is
approximately 2 $/m3. This occurs when both the heating
and cooling duty are free. The heating cost can be
minimized by using waste heat, such as geothermal energy,
for example. The cooling cost can be minimized when a
large reservoir of cold water is available therefore permeate
cooling such that recycling may not be necessary. In
addition, Fig. 6 signifies the effect of cooling cost on the
overall water cost. The water cost profile drops significantly
when the per capita cost of cooling water reduces from 0.1
to 0.01 $/ton at a fixed steam cost of 0 $/ton. The
prevalence of the cooling water cost is related to its huge
flow rate compared to the steam flow rate. Note that the
sensible heat of the cooling water is much smaller than the
latent heat of the steam.

12

T T T T T T T T T T T T T
—e— Csteam=3%/ton, Ccw=0.1$/ton
—=a— Csteam=1$/ton, Ccw=0.1$/ton
—— Csteam=0%/ton, Ccw=0.1$/ton H

~— Csteam=0$/ton, Ccw=0.01$/ton
—<— Csteam=0%/ton, Ccw=0%$/ton
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Fig. 6 Performance of option 3 for various steam and
cooling water costs

6. Conclusions

MD is a promising technology for water desalination;
however, its low recovery ratio and energy requirement
increases the water production cost. A cost model was used
to analyze the specific water cost for different process
configuration scenarios. The diverse configurations were
designed in a cascaded pattern such that it maximized the
production rate, which in turn reduced the specific water
cost. Realistic information such as those related to the
membrane properties and feed and cooling temperature and
flow rate values are considered in the modeling. These
information data correspond to an experimental setup which
was used in our previous works (Ali and Orfi (2018), Ali et
al. (2018)). It was found that the lowest water cost was
5.1 $/m3 which can be achieved when the MD process is
arranged in series with permeate heat recovery. Moreover, a
single water circuit was utilized which worked as a cold
permeate and hot feed simultaneously. It was also found
that increasing the process throughput did not necessarily
reduce the water cost because it increased the operating cost
accordingly. Moreover, the cost per capita of utilities and
membrane module has a significant impact on the water
cost and that the cooling cots should not be overlooked. The
specific water cost for this configuration can be minimized
to approximately 2 $/m? if the heating and cooling demands
are provided without cost. This minimum water cost is still
higher than conventional desalination processes, such as
MSF and RO. This also indicates that the initial capital
investment of MD is still high and hinders the production of
pure water at competetive prices.
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Appendix A: DCMD desalination unit model

The mass flux (J) of the vapor transfer through the pores
is given by

kg

J =GPy = P | 2= (A1)

In Eq. (A.1), Py and P, are the partial pressures of water
vapor estimated at the membrane surface temperatures Tms
and Tp, respectively. The partial pressure in Pa is estimated
using Antoine’s equation (Lawal and Khalifa, (2014), Fard
et al. (2015)),

3841
P, = exp (23.238 — ———)(1 — C,)(1 — 0.5C,

Thm — 45 (A.2)
—10C2)
P (23.238 841 ) (A3)
= exp . - .
2 Tom — 45

where Cs is the water salinity in percent, and Cy, is the MD
coefficient calculated from three correlations depending on
the type of the mass transfer regime.

Knudson flow mechanism:

ko 2&r <8MW)1/2 (A4)
™ 3¢5 \nRT
Molecular diffusion mechanism:
e PDM
D w
=——— A.
Cm ©6 P, RT (A-5)

Knudsen molecular diffusion transition mechanism:

=== (= ——e (A.6)
™ |2er \8M,, & PDM,,

[3 8 (TRT\Y* 6 P, RT]
% =z (o)

These different regimes depend on the wall collision
theory of water molecules and each regime dominates at a
specific range of values regarding the mean free path of the
water molecule. The heat transfer process occurs in three
steps:

i Convection from the feed bulk to the vapor—liquid

interface at the membrane surface:

qr = he(Tp, — Trnn)

ii. Convection from the vapor—liquid interface at the
membrane surface to the permeate side:

qp = hp(Tmc - Tc)

where /¢ and &pdenote the heat transfer coefficients on the
feed and cold stream sides, respectively.
iii. Evaporation and conduction through the
microporous membrane:

Gm = JHy + hyy(Tonn — Tine) (A9)

where Hy is the water’s latent heat which can be estimated
using Eq. (A.10) (Fard et al. (2015)), whereas A is the
conductive heat transfer coefficient and is equal to

(A.7)

(A.8)

€’ " Cout «——— mc’Tcin
[ ____membrane |
— - i
mhin’ hin mhout' hout

Fig. A.1: Typical DCMD unit

kw/d, where kn and O denote the membrane thermal
conductivity and its thickness, respectively.

H,(T) = 1850.7 + 2.8273T — 1.6 X 1073T2  (A.10)

The total heat flux across the membrane is directly
proportional to the bulk temperature gradient and can be
expressed as follows:

Q=UTn—T)

For countercurrent flow, the bulk temperatures are taken
as Th = Thi‘n’ TC =T

Cout”
The overall heat transfer coefficient is given by

(A.11)

-1

1 1 1
e R (A.12)
h’f hm + ]Hv hp

U=
Tmh - Tmc

Under steady state operation, the heat transfer in the
three individual parts of the system reaches equilibrium:

ar =qm =dqp (A.13)

Considering the macroscopic scale of the MD unit (Fig.
A.1), the heat balance around the permeate side is given by
Zhang (2011):

UAs(Ty — T.) = mepCp(Tey,, — Ty,

where m. and C, denote the volume flow rate and specific
heat at a constant pressure, respectively. Eq. (A.14) is used
to compute the permeate’s exit temperature, T, . .
Similarly, assuming a constant density and heat capacity,

the mass and heat balance around the feed side is given by

UAs(T, — Tc) = mhmpcp(Thout - Tref)

(A.14)

- mhoutpcp(Thin - ref) (A.IS)
mhin - mhout =My (A16)
m,, = JA (A.16a)

Eq. (A.15) is used for computing Ty ,. It should be
noted that Eqs. (A.14) and (A.15) are based on the ideal
case where heat losses are negligible. Additional terms can
be added to account for heat losses as a percentage of the
total heat transfer to make the calculated T, and Ty,
values match the experimental values. Throughout the
manuscript, my, . is also defined as the hot feed flow my,

My, as the brine flow m,, Ty, as the hot feed
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temperature Tng, and Tj, . as the brine temperature Ty. The
definitions of the various variables, the numerical values of
physical and design parameters in Egs. (A.1-A.16), and
additional supporting correlations are provided in (Chen
and Ho, (2010), Safavi and Mohammadi (2009)).

The KPI for the MD process, such as the recovery rate
and thermal efficiency, can also be defined as follows:

Rc =m,,/my,, (A.17)

H, JAA
n = —=
Hin My CP (T, — Trep)

When permeate heat recovery is utilized, the thermal
efficiency is modified as follows,

H, JAA

(A.18)

T= f B mhinCP(Thm - Tcout) (A.19)
Nomenclature
6 MD surface area, m?
A MD cross sectional area, m?
Amem Membrane surface area, m?
Areapx Heat exchanger surface area, m?
ACC Annual capital cost, $/y
AoC Annual operating cost, $/y
Cn Permeability coefficient, kg/m?.s.Pa
ck Knudsen mass flux coefficient, kg/m?.s.Pa

Molecular diffusion mass flux coefficient,

kg/m?.s.Pa
ct Transition mass flux coefficient, kg/m>.s.Pa
Cs Salinity of brackish water, kg/m?
G Heat capacity, J/kg.K
Chem Cost of membrane per area, $/m?
Citeam Steam cost per kg, $/kg
CCy Intake & pretreatment capital cost, $
CCrp Feed pump capital cost, $
CCux Heat exchanger capital cost, $

CCem
CCeyp
CCite
DCC
Dgp

dn

ke

M,

Membrane capital cost, $

Total equipment capital cost, $

Site location capital cost, $

Direct capital cost, $

Electricity bill, $/kWh

RO channel Hydraulic diametert, m
Heat of vaporization, J/h

Enthalpy of hot feed in MD unit, W

Feed, permeate, and membrane heat transfer
coefficient, W/m?.K

Interest rate, %

Indirect capital cost, $

Mass flux in MD module, kg/m?.h
MD membrane conductivity, W/m.K

Molecular weight of water, gm/mole

My, , MpoucHot water inlet and outlet flow rate, kg/h

me

my

oG
OCrp
OCteam
OC.w
OCur
OClc

Ocpower

DFP

Py Py

Cold water volumetric flow rate, kg/h
Permeate and distillate flow rate, kg/h
Plant life, y

Intake operating cost, $/d

Feed pump operating cost, $/d

Steam operating cost, $/d

Cooling water operating cost, $/d
Membrane replacement operating cost, $/d
Other operating costs, $/d

Total power operating cost, $/d
Intake pump pressure, bar

Feed pump pressure, bar

Feed and brine pressure, bar
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P, P>

PD

PLF

qf, dp

Onx
Opp
O
Re

Re

Sc
Sh

T To

Th: Tc

Tmh, Tmc

T ref

7CC

Unx
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Vapor pressure at feed and permeate membrane wcC

surface, Pa

Membrane pressure multiplied by diffusivity, Greek

Pa.m?/s

A
Entrapped air pressure, Pa

nip
Plant load factor

Nrep
Heat transfer rate at feed and permeate
sections, W/m? U]
Heat of evaporation and conduction, W/m? 3
Overall heat flux, W/m? €m
Feed flow rate, m’/d v
Energy load of heat exchanger, W T
Intake flow rate, m3/d 5
Production rate, m’/d P

Recovery ratio, %

Reynolds number

MD pore size, m

Ideal gas constant, J/mole.K

Schmidt number

Sherwood number

Feed water and reference temperatures, °C

Feed (hot) and permeate (cold) bulk
temperatures, K

Feed and permeate membrane temperatures, K
Reference temperature, K

Temperature for the heat transfer correlation, K
Total capital cost, $

Water velocity in feed channel, m/h

Overall heat transfer coefficient, W/m?2.K

Overall heat transfer coefficient, kW/m2.K

Water cost, $/m>

Latent heat of vaporization, J/kg
Intake pump efficiency

Feed pump efficiency

Thermal efficiency

Termination criteria for algorithms
MD porosity

Kinematic viscosity, m*h

MD membrane tortuosity

MD membrane thickness, mm

Density, kg/m?





